
ARTICLE IN PRESS
0360-5442/$ - se

doi:10.1016/j.en

�Correspond
E-mail addr
Energy 32 (2007) 335–343

www.elsevier.com/locate/energy
Minimizing the entropy production in a chemical process
for dehydrogenation of propane

A. Røsjordea,�, S. Kjelstrupa, E. Johannessena, R. Hansenb

aDepartment of Chemistry, Norwegian University of Science and Technology, N-7491 Trondheim, Norway
bStatoil Research Center, N-7053 Ranheim, Norway

Received 2 November 2005
Abstract

We minimize the total entropy production of a process designed for dehydrogenation of propane. The process consists of 21 units,

including a plug-flow reactor, a partial condenser, two tray distillation columns and a handful of heat exchangers and compressors. The

units were modeled in a manner that made them relatively insensitive to changes in the molar flow rates, to make the optimization more

flexible. The operating conditions, as well as to some degree the design of selected units, which minimized the total entropy production of

the process, were found. The most important variables were the amount of recycled propane and propylene, conversion and selectivity in

the reactor, as well as the number of tubes in the reactor. The optimal conversion, selectivity and recycle flows were results of a very clear

trade-off among the entropy produced in the reactor, the partial condenser and the two distillation columns. Although several

simplifying assumptions were made for computational reasons, this shows for the first time that it is also meaningful to use the entropy

production as an objective function in chemical engineering process optimization studies.

r 2006 Elsevier Ltd. All rights reserved.
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1. Introduction

Large amounts of high quality energy are spent in the
chemical process industry to convert raw materials into
desired products. The art of process design and optimiza-
tion is continuously being developed [1,2]. In this paper we
study the energy efficiency of a chemical process, a topic
that so far has received little attention.

We have previously studied the state of minimum
entropy production in several process units [3–7]. These
studies gave insight into the design of the particular units
with more or less fixed boundary conditions. In a process,
each unit has few or no boundary conditions; the boundary
conditions are placed on the process itself. Optimization of
a process, the topic of the present work, thus may likely
give very different results from optimization of single units.

In a chemical process, the aim is to convert a feedstock
into products of certain purities. Typically, this is done
e front matter r 2006 Elsevier Ltd. All rights reserved.
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with a reactor(s) that transforms the raw materials,
followed by a separation to obtain the desired purity.
One particularly important question in such chemical
processes is: How does the selectivity and conversion in
the reactor affect the downstream separation section? We
shall see that the composition and flow rate of the recycle
streams, as well as the operation of reactors and separation
equipment, will have a large influence on the overall energy
efficiency of the process.
We study the production of a fixed amount and quality

of propylene from propane. Propylene is mostly used for
production of polypropylene, a polymer with numerous
applications. An emerging technology is the dehydrogena-
tion of propane, which presently accounts for a small share
of the total propylene production in the World. This share
is expected to increase due to higher demands for
propylene and because the dehydrogenation process uses
propane instead of higher alkanes as feed [8].
We have here chosen to minimize the entropy produced

in the propane dehydrogenation process inspired by
Linde’s design [9]. The complete process consists of
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dx.doi.org/10.1016/j.energy.2006.07.013
mailto:audunro@phys.chem.ntnu.no


ARTICLE IN PRESS
A. Røsjorde et al. / Energy 32 (2007) 335–343336
hundreds of units, but we study a simplified version where
the main features are preserved. We concentrate our effort
on finding the operating conditions of the process that give
the least entropy production, without changing the
structure of the process.

The most important result from this study is that there
exists a meaningful trade-off in the energy efficiency among
a handful of units, and that it may be found by minimizing
the total entropy production of the process. The exact
numerical values for operating conditions are of less
importance due to the assumptions that are used.

2. The propane dehydrogenation process

The process we study in this work, is a simplified version
of the propane dehydrogenation process designed by Linde
[9]. One of the central process units is the dehydrogenation
reactor in which the following two reactions are the
dominating ones [10]:

C3H8 ¼ C3H6 þH2, (I)

C3H8 ¼ C2H4 þ CH4. (II)

The expression for the reaction kinetics of reaction (I) was
given by [11]. No expression that included the backward
reaction of reaction (II) was found, so we guessed an
expression [12] (see Appendix).

According to the two reactions, the system contains five
components: hydrogen (H2), methane (CH4), ethylene
(C2H4), propylene (C3H6) and propane (C3H8). We neglect
other species that normally would be present in a real
dehydrogenation process, among them water.

A flow sheet of the dehydrogenation process is shown in
Fig. 1. The process consists of 21 units, and the chosen
superstructure is an attempt to keep the main features of a
real dehydrogenation process [13,9,8,14]. Fresh feed enters
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Fig. 1. Flow sheet showing the propane dehydrogen
the process and is mixed with a recycle stream before
entering the reactor (R-1).
Equal amounts of hydrogen and propylene are formed in

the reactor, along with some methane and ethylene. In
order to separate the hydrogen from the main process
stream, the pressure is increased and the temperature
lowered before the stream enters a condenser (F-1), after
which the vapor phase primarily consists of hydrogen. The
liquid products are fed to two distillation columns in series
(D-1 and D-2). The distillation column D-1 separates C2-
components from C3-components. The distillate of the
propane–propylene splitter (D-2) contains most of the
propylene product, while the bottom stream is used as
recycle to the reactor.
In at least three positions, heat exchangers must remove

heat at cryogenic conditions (the temperature of the
cooling fluid is then lower than the environmental
temperature). First, the condenser (F-1) must operate
under high pressure (15–25 atm), but also at very low
temperatures (ca. 230K) to ensure that a liquid phase of
the heaviest components is present. Second, the top
condenser in D-1 must work under quite similar conditions
as those of F-1. Third, the required temperature of the
cooling medium in the top condenser in D-2, may be below
298K if the pressure is low. A refrigeration cycle consisting
of four units is used to supply these cold heat exchanger
fluids [13]. Using propane as the working fluid, tempera-
tures not lower than 230K could be obtained.
3. Calculations

We did two kinds of calculations: first, we found a set of
initial operating conditions for the process by using a
numerical solver. Second, we used this information as the
H-2

R-1 C-3

C-4

H-3

F-1

D-1

P-14

S5 S6

S7 S8

S9

S12

S11

S13

S14

S10

S15

ation process. Symbols are explained in the text.



ARTICLE IN PRESS
A. Røsjorde et al. / Energy 32 (2007) 335–343 337
initial guess in a minimization of the total entropy
production, using a numerical optimization routine.

Every unit in the process under consideration had several
design parameters that determined how that unit changed
the process stream (for instance length of the reactor, etc.).
We chose to keep most of these parameters fixed during
this study and did only allow load, or in a few cases other
parameters, to be varied on each unit. With the load, we
mean the amount of heat transferred in a heat exchanger,
the work input to a compressor, the fractional recovery of
a distillation column, etc. The values of the fixed unit
parameters are given in Table 1.

Each unit was modeled according to widely used
textbooks [17,18]. In previous papers, the temperature in
the furnace outside the reactor (referred to as the ambient
temperature) has been allowed to any value in order to
obtain the most efficient reactor. As is shown in the
Appendix, it was not necessary to introduce this degree of
freedom in the current study. A uniform, though not fixed,
ambient temperature profile was used in both modeling
and optimization of the process under consideration.

The following properties were chosen for the fresh feed
stream to the process [13]: T1 ¼ 275K, P1 ¼ 1 atm,
F ¼ ½1; 1; 1; 1; 96�mol=s. The components in this vector
are ranged from the lightest to the heaviest. We use this
notation to describe the composition of the process stream
from now on. The temperature and pressure of the three
process streams exiting the process, were set to 310K and
1 atm, respectively. The environmental temperature, T0,
was set to 298K. All physical and thermodynamical
properties were taken from [19,20]. The molar enthalpy,
entropy and fugacity coefficients were derived from the
Soave-Redlich-Kwong equation of state with the binary
interaction parameters equal to 0 [21].
Table 1

Process unit parameters. Reactor and catalyst parameters taken from [15]

and compressor efficiency from [16]

Unit Parameter Value

Reactor Length (m) 8.0

Diameter (m) 0.2

Heat transfer number (W/m2K) 56.784

Catalyst dens. ðkg cat:=m3Þ 984.4

Void of catalyst bed 0.45

Catalyst particle

diameter (m) 4:572� 10�3

Gas viscosity (kg/sm) 3:7204� 10�5

Residence time (s) 5

Heat ex. Pinch, DT (K) 50

Comp./exp. Efficiency, Zc=e 0.8

Dist. D-1 Number of trays, N 8

Feed tray, NF 6

Light key, LK 3

Heavy key, HK 4

Dist. D-2 Number of trays, N 100

Distillate comp., xD;LK 0.99
3.1. Modeling the process

For a given temperature, pressure and flow rate of the
five components at the inlet of the process, we sequentially
calculated the change each unit made to the process stream.
All parameters in Table 2, except T19, F19;C3H6

and
F19;C3H8

, were fixed to a set of reasonable values. Initially,
the state of the recycle stream was not known, and it was
necessary to solve the following three equations to find the
right values of T19, F19;C3H6

and F19;C3H8
:

T̂19 � T19 ¼ 0, (1)

F̂19;C3H6
� F 19;C3H6

¼ 0, (2)

F̂19;C3H8
� F 19;C3H8

¼ 0, (3)

where the variables with a hat symbol represent the guessed
values and those without represent the values found after
calculating through the whole process. The numerical
solver fsolve from the Optimization Toolbox in Matlab
R13, MathWorks Inc. was used to find the solution to the
above nonlinear problem.
With the correct values of the recycle stream (given in

Table 2) we calculated all properties of the process such as
duties of heat exchangers, power supplied to the compres-
sors, the entropy production of each unit, etc. The set of
values for the properties given in Table 2 were used as
initial guess in the optimization problem. We will therefore
refer to this process as the initial process.

3.2. Optimizing the process

To find the state of minimum entropy production of the
propane dehydrogenation process, we used the sum of the
entropy produced by each of the 21 units as the objective
Table 2

Variables in the optimization: Initial and optimal values

Unit Variable Init./opt.

Compressor (C-1) P2 (atm) 3.0/2.3

Heat exchanger (H-1) T3 (K) 500/494

Mixer (M-1) T19 (K) 261/250

F19;C3H6
(mol/s) 0.72/10.5

F19;C3H8
(mol/s) 99.4/27.9

Compressor (C-2) P5 (atm) 5.0/2.0

Heat exchanger (H-2) T6 (K) 1100/1099

PFR reactor (R-1) Ta (K) 1300/1343

Compressor (C-3) P8 (atm) 10.0/25.0

Heat exchanger (H-3) T9 (K) 500/460

Compressor (C-4) P10 (atm) 15.0/19.0

Condenser (F-1) T12 (K) 230/251

Distillation (D-1) RR 10.0/9.8

FR 0.99/0.986

Pump (P-1) P15 (atm) 15.0/18.0

Heat exchanger (H-4) T16 (K) 300/310

Distillation (D-2) FR 0.99/0.87
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Table 3

Net work and heat added to the initial and optimal process

Net work (kW) Net heat (kW)

Initial 21140 �11350

Optimal 13100 �2840

Change �8040 8510
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function:

dS

dt

� �irr

process

¼
X21
i¼1

dS

dt

� �irr

i

, (4)

where ðdS=dtÞirri was the entropy production of unit i.
The variables we used in this optimization problem are

listed in Table 2, along with their initial values.
Table 2 gives also the fractional recovery, FR, of the two

distillation columns, defined as [17]

FR ¼
DxD;LK

FxF;LK
, (5)

where D and F are the molar flow rate of distillate and feed
stream, respectively. Furthermore, xD;LK and xF;LK are the
mole fractions of the light key component in the distillate
and feed stream, respectively. The light (LK) and heavy
(HK) key components are the components that we wish to
separate into distillate and bottom product of the distilla-
tion column, respectively.

Upper and lower boundaries were set for the variables in
order to avoid breakdown of the models (i.e. negative
pressures in reactor).

As equality constraints we used Eqs. (1)–(3) in addition
to the following demand on the production of propylene:

F init
17;C3H6

� F 17;C3H6
¼ 0, (6)

where F init
17;C3H6

was the flow of propylene out of the
propane–propylene splitter (and thus out of the process) in
the initial process. A constant purity of the propylene
product was ensured by always enforcing xD;LK ¼ 0:99 in
D-2.

To find the minimum of Eq. (4) we used the function
fmincon from the Optimization Toolbox in Matlab. This
function solves numerically constrained nonlinear optimi-
zation problems by employing a sequential quadratic
programming algorithm.

To reduce the required computational time needed to
find the optimum, we made the additional assumption that
the process stream entering the propane–propylene splitter
(D-2) consisted of propylene and propane only. This means
that traces of the three lightest components were techni-
cally removed before D-2, making it a binary distillation.
Since any components that are lighter than propylene will
almost exclusively end up in the distillate of D-2, we added
the following inequality constraint on the content of C2H4

in the bottom stream from D-1 (and thus the feed stream to
D-2)

F14;C2H4
� F init

14;C2H4
p0. (7)

By keeping the amount of ethylene at least as low as in the
initial process, we reduced the error associated with the
assumption of a binary distillation in D-2.

To further reduce the required computational time, we
compiled a table with the entropy production, product
temperatures, etc., for different combinations of variables
in D-2, before we did the process optimization. For four
values of the feed mole fraction, fractional recovery, feed
temperature and pressure, we carried out 256 simulations
of D-2. We used this four-dimensional table instead of
solving the distillation model itself when we optimized and
modeled the process.
4. Results

By solving Eqs. (1)–(3) we found the properties of the
recycle stream that corresponded to the operating condi-
tions chosen as in the initial process.
A residence time equal to 5 s was attained with 72 tubes

in the reactor, giving a conversion of propane and
selectivity toward propylene of 0.47 and 0.82, respectively.
The total entropy production of the initial process was

95.21 kW/K. Most of this entropy was produced in the
reactor (R-1) and the three separation units (F-1, D-1, D-
2). Around 24% of the total entropy production was due to
the presence of cryogenic heat exchange in the three
separation units. In Table 3 we have given the net work and
heat added to the process.
By minimizing the entropy production as described in

calculations, we found a new set of operating conditions
that gave the same product flow rate as the initial process
(due to the constraints Eqs. (6) and (7)). The most
important results can be summarized in three points:
�
 The amount of recycle was reduced from 100.1 to
38.4mol/s.

�
 The conversion of propane increased from 0.47 to 0.74,
while the selectivity toward propylene increased from
0.82 to 0.92.

�
 The pressure in the separation section attained the
highest allowed value, thus reducing the need for
cryogenic heat exchange.

The number of tubes in the reactor in the optimized process
was calculated to be 124. A conversion and a selectivity of
0.74 and 0.92, respectively, was found in the reactor.
Detailed values of the optimization variables are given in
Table 2.
The optimal process had an entropy production of

44.66 kW/K of which 12% was due to cryogenic heat
transfer. The net work and heat added to the process is
shown in Table 3.
As a consequence of the optimization, the total entropy

production of the propane dehydrogenation process was
reduced with 53%, or 50.6 kW/K. Six units produced the
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Fig. 2. Entropy production in the six most significant units and the rest of

the process, both in the initial and optimal process.

Table 4

Exergy added and withdrawn by heating and cooling

Exergy added Exergy withdrawn Exergy added

via heating (kW) via cooling (kW) heating/cooling (kW)

Initial 20800 15100 5700

Optimal 18200 14700 3500

Change �2600 �400 �2200
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majority of the total entropy in both the initial and optimal
process: H-2, R-1, C-3, F-1, D-1 and D-2. Each of these
contributions, from both processes, is shown in Fig. 2.

The entropy production due to the cryogenic process
units, all of these located in the separation module (F-1, D-
1 and D-2), decreased with 75% or 16.8 kW/K. This lead to
a large reduction in the net work added, as shown in Table
3. The exergy entering and leaving the process via heating
and cooling are shown in Table 4.

5. Discussion

The most important result of this study is that we were
able to formulate and solve an optimization problem using
the entropy production of a chemical process as the
objective function.

From the initial process, we know the variables that have
the greatest impact on the entropy production of the
process. There is little knowledge of whether the initial
process is reasonable, however. The operating conditions
of the initial process were not taken from a real, existing
process, but were rather obtained through qualified
guesses. The results from the optimization must be
understood with this perspective in mind.

The great reduction of the total entropy production of
the process, was due to the three major changes listed in the
end of results. It is apparent that the reduced recycle flow
reduced the flow through most parts of the process with
30–40%. This translates almost directly into equivalent
reductions in the entropy production. In other words:
55–75% of the demonstrated reduction in entropy produc-
tion was caused by the reduced recycle flow. Furthermore,
a simple estimate shows that the reduction in entropy
production due to cryogenic heat exchange was partly due
to the reduced process flow, but mainly due to higher
temperatures for heat exchange. Approximately 20% of the
decrease in total entropy production can be traced back to
the increased heat exchange temperatures in F-1, D-1 and
D-2. The last 5–25% of the reduction is likely to come from
the increased selectivity toward propylene in the reactor,
which lead to less work needed in the separation section.
The reduced entropy production translated into changes

in the work and heat added to the process. 8040 kW less
work was needed to operate the optimal process, while an
approximately equal decrease in the released heat was
found. As expected, the general tendency was that heat was
supplied to the process at lower temperatures (except those
with cryogenic conditions), while heat was released at
higher temperatures.
To obtain further improvements in the entropy produc-

tion, more variables could be added to the optimization
(unit design), the process could be more integrated, and
units could be upgraded. The design and operation of the
heat exchanger network [22] may be included in the
optimization. This requires, however, a very different
mathematical treatment.
The reactor was modeled as a one-dimensional plug-flow

reactor with side firing. Of the two reactions, only one
reaction rate was founded on experimental results (see
Appendix). The predictive ability of the reactor was as a
consequence low. The rate of the second reaction was
chosen to never dominate the first reaction, since the
purpose of including the second reaction was to introduce
impurities.
Both distillation columns were modeled assuming

equilibrium between the vapor and liquid that left each
tray. This assumption gave a too high performance of the
columns. No fluid dynamics were accounted for inside the
columns and this also contributed to make the separation
too efficient compared to a real column.
In general, most of the units lacked the level of detail

necessary to predict the detailed behavior of the real
process. Some simplifications were done in order to make
the optimization converge quickly, while other, more
critical assumptions were done due to a lack of better
models. Most of the models of the units seem to have
underestimated the entropy production. However, it was
not the absolute value of the entropy production, but
rather how it varied, that was of principal interest.
In order to find the solution of the optimization problem

in a reasonable amount of time, several limitations and
simplifications were introduced. This was partly due to the
choice of numerical solver and partly due to a desire to use
less than a few days of computational time to find the
optimum. A fixed superstructure of the process was the
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most serious limitation in the optimization. To include the
different interconnections and alternative units as variables
gives a highly complex optimization problem. At the
present stage in the method development this was not seen
as necessary. We concentrated instead on the effect of
finding the best operating conditions.

To develop the methodology based on minimization of
the entropy production, it seems necessary to include both
a heat exchanger network (see e.g. [22]) and allow the
superstructure of the process to vary (see e.g. [23]).
Furthermore, a very interesting possibility is to perform
entropy production minimizations with additional con-
straints on the operating or capital cost. Several of these
optimizations would give valuable information of the
additional cost associated with increasing the energy
efficiency of a process, as recently demonstrated by [24].

To the authors’ knowledge, this is the first time a
minimization of the entropy production has been carried
out for a chemical process. It is difficult to extract general
knowledge from this kind of optimization but the question
answered is a classical chemical engineering question: How
far does it pay to operate the reactor to avoid costs in the
separation section? It is interesting to see that there is a
possibility for larger gains to be found through optimiza-
tion. This illustrates that there is a potential for similar
optimizations to ensure high energy efficiency of chemical
processes.

6. Conclusion

We have shown in this work that it is meaningful to use
the entropy production in a chemical process as objective
function in an optimization that aims to find the most
energy efficient state of operation and, in some aspects,
design. A process where propylene was produced in a
dehydrogenation reactor from propane was studied. A
plausible initial process was chosen as reference, inspired
by Linde’s design. The optimal process gave a large
reduction in entropy production, for operating conditions
that were still considered to be technically feasible. In both
the initial and optimal process, the units with the largest
entropy productions were the reactor, partial condenser
and the two distillation columns. The results show that
there was a large gain possible in the separation part of the
process, by reducing the recycle stream. A higher conver-
sion of propane and selectivity toward propylene in the
reactor also contributed to reduce the entropy produced in
the distillation column separating propylene from propane.
Finally, we found that a higher operating pressure in parts
of the process reduced the need for cryogenic heat
exchange.

Assumptions and models, introduced to have reasonable
computational times in the initial phase, can now be
improved. Most important is to include water among the
species in the process and implement the corresponding
expressions for the reaction rates in the two reactions. To
improve the energy efficiency of the process further, a
reasonable strategy will be to include a heat exchanger
network and a variable superstructure in the optimization.
Future stages in the development of these procedures
should include economic optimizations.
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Appendix A. The reactor ambient temperature

To better understand the way the reactor interact with
the units surrounding it, an optimization of the reactor
with a heat exchanger immediately upstream and down-
stream, was carried out. In particular, two cases with
qualitatively different ambient temperature profiles were
studied. In both cases, the entropy production of the
combined units was minimized.
Fig. 3 shows the small system with the heat exchangers

and the reactor.
Heat exchanger 1 heats the reactants and heat exchanger

2 cools the products. The same chemical species as in the
main part of the paper were included.
The equations describing the reactor can be found in

many textbooks, see for instance [25]. The reaction rate for
reaction I, which is the main reaction for propane
dehydrogenation, is [11]

rI ¼ k0 1�
PC3H6

PH2

PC3H8
KI

� �
PC3H8

P0:5
H2
þ k1PC3H6

, (8)

where K I is the equilibrium constant of reaction I and k0

and k1 is

k0 ¼ 0:3874e�2950=T , (9)

k1 ¼ 3:4785� 10�8e17200=T . (10)

Lacking proper expression for the reaction rate of reaction
II, the following expression was adopted, based on the
standard expression for the reaction rate of a reversible
reaction in gas phase:

rII ¼ k2 1�
PC2H4

PCH4

PC3H8
K II

� �
PC3H8

, (11)
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where K II is the equilibrium constant of reaction II and k2

is

k2 ¼ 6:67� 10�8e�2000=T . (12)

The value of k2 and its temperature dependency was chosen
to roughly reproduce a set of approximate experimental
data. Both equilibrium constants were calculated from the
expression derived for DrG0.

The entropy produced locally, s, by these phenomena
are described by nonequilibrium thermodynamics [26,27]

srx ¼ Oreffc

X
i

ri �
DrGi

T

� �
, (13)

sq ¼ pDJ 0q
1

T
�

1

Ta

� �
, (14)

sp ¼ �Ou
1

T

dP

dz
, (15)

where subscripts ‘rx’, ‘q’ and ‘p’, denotes the entropy
produced by reaction, heat transfer and pressure drop,
respectively. The total entropy production rate is the
integral of the sum of the above terms along the reactor

dS

dt

� �irr

rx

¼ O
Z L

z¼0

ðsrx þ sq þ spÞdz. (16)

As free variables in the optimization we chose the
temperature between the first heat exchanger and the
reactor, T1, and the ambient temperature, Ta, along the
reactor and the reactor length, L. We studied two different
kinds of Ta-profiles in the optimizations.

In the first approach, we used optimal control theory to
identify the optimal value of Ta at every position along the
reactor [28], giving us the Ta-profile. This resulted in
continuously varying profiles that could be difficult to
implement in practice. In the other approach we divided
the reactor into new reactors of varying length coupled in
series, each with a constant Ta. In the optimization of such
systems, we prescribed a number of reactors, and
introduced Ta and L of each as free variables.

Independent of which type of Ta-profile we searched for,
the objective function was the total entropy production of
the system:

dS

dt

� �irr

tot

¼
dS

dt

� �irr

hx;1

þ
dS

dt

� �irr

rx

þ
dS

dt

� �irr

hx;2

. (17)

A initial set of operating conditions were chosen: The first
heat exchanger elevated the process stream temperature
from 300 to 900K. The process stream then entered a 10m
long reactor with a constant ambient temperature of
1000K. Finally, the products from the reactor were cooled
to 300K again. In all calculations, the input process stream
was characterized by T0 ¼ 300K, P0 ¼ 2 bar and
FT;0 ¼ 1mol=s. The mole fractions of C3H8 was 0.80,
while for the other four components, C3H6, H2, C2H4 and
CH4, it was 0.05.
We kept the state of the inlet stream to heat exchanger 1
fixed during the optimization. The temperature and the
molar flow of propylene out from heat exchanger 2 were
also fixed (at the same values as the reference process). The
outlet pressure and flow rate of other components out of
heat exchanger 2, were not fixed.
The fixed propylene production makes this a constrained

nonlinear optimization problem. We used the tool fmincon

in Matlab to minimize Eq. (17).
The following two optimizations were done:
1.
 The continuous optimal ambient temperature profile
was found. This part of the calculation was similar to
what we have done before for other reactors [5,29],
except that now the results were also combined with
those of the two heat exchangers to achieve the optimal
state for the three process units.
2.
 One reactor with a constant ambient temperature.

A.1. Results

The temperature profiles of the initial reactor are given
in Fig. 4.
Details for the two heat exchangers are omitted in this

presentation.
The optimization results for Case 1 are shown in Fig. 5,

while Fig. 6 shows the results for Case 2.
The heat transferred in the different units of the process,

along with the total heat transfer is given in Table 5. Since
the inlet temperature in the reactor increases in the two
optimized cases, the duty of the first heat exchanger
increases accordingly. The reactor outlet temperature, on
the other hand, is almost identical in the three cases, thus
the duty of the second heat exchanger is nearly constant.
Due to the increased reactor inlet temperature in Case 1
and 2, the heat supplied along the reactor is much smaller.
The net effect of this is a reduced overall need for heating
in the process.
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Table 5

Heat transferred in the different units and in total (kW)

Case Q1 Qrx Q2 Qtot

Ref. 69.0 41.6 �68.4 42.2

1 101.5 3.1 �67.8 36.8

2 102.7 2.9 �69.3 36.3
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Fig. 7. The entropy production rates from different phenomena.
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The entropy production rate in the heat exchangers and
for the different phenomena in the reactor, is presented in
Fig. 7. The initial operating conditions gave a total entropy
production rate of 33.7W/K. The case with a non-constant
(Case 1) ambient temperature had the lowest value
27.1W/K, while the case with constant temperature (Case
2) had 27.3W/K. This gave a reduction in the produced
entropy of approximately 19.5%. Cases with the reactor
divided into two or more new reactors had, surprisingly
enough, practically the same entropy production.

A.2. General perspectives

The insensitivity toward the shape of the Ta-profile that
we observe in the optimization, means that there is, in this
system, little to gain by dividing the reactor into several
shorter reactors. This fact is also supported by the almost
identical total entropy production rates of Case 1 and 2
(see Fig. 7). To back this up further, we did several more
optimizations where the reactor was split into an increasing
number of reactors with different Ta’s. As expected, the
entropy production rate of these, lie between those from
Case 1 and 2. The case with the most reactors (20 short
reactors), had a total length that summed up the reactor
length of Case 1, with Ta’s approximating the continuous
profile of Case 1.
Not only from a process implementation view, but also

from a numerical view, it is advantageous to have only one
reactor with a constant Ta-profile. However, this scenario
is highly dependent on the demands put on the process and
the system parameters. It is the relative size of the heat
transfer numbers, U, in the heat exchangers and the reactor
that determines where heat should be transferred to obtain
the highest efficiency. Higher U in the reactor would make
it more favorable to transfer heat along the reactor, instead
of in the heat exchangers. In the limit of infinitely large U,
heat would only be transferred along the reactor. If U was
0, no heat would be transferred along the reactor, but only
in the heat exchangers. In a pure reactor optimization done
for a different system [30], it was found that at least a
couple of reactors in series were needed to take out the
possible reduction in the entropy production rate.
The findings presented in this Appendix supports the

decision to use a uniform, flat ambient temperature profile
in the reactor when minimizing the entropy production of
the process given in the main part of the paper.



ARTICLE IN PRESS
A. Røsjorde et al. / Energy 32 (2007) 335–343 343
References

[1] Smith R. Chemical process design. New York: McGraw-Hill; 1995.

[2] Edgar TF, Himmelblau DM, Lasdon LS. Optimization of chemical

processes. 2nd ed. Singapore: McGraw-Hill; 2001.

[3] Johannessen E, Nummedal L, Kjelstrup S. Minimizing the entropy

production in heat exchange. Int J Heat Mass Transfer 2002;45:

2649–54.

[4] Johannessen E, Kjelstrup S. Minimum entropy production rate in

plug flow reactors. An optimal control problem solved for SO2

oxidation. Energy 2004;29(12–15):2403–23.

[5] Nummedal L, Costea M, Kjelstrup S. Minimizing the entropy

production rate of an exothermic reactor with constant heat transfer

coefficient: the ammonia reactor. Ind Chem Eng Res 2003(42):

1044–56.

[6] De Koeijer GM, Johannessen E, Kjelstrup S. The second law optimal

path of a four-bed SO2 converter with five heat exchangers. Energy

2004;29(4):525–46.

[7] Røsjorde A, Kjelstrup S. The second law optimal state of a diabatic

binary tray distillation column. Chem Eng Sci 2005;60:1199.

[8] Kirk-Othmer. Encyclopedia of industrial chemistry, 4th ed. New

York: Wiley; 1994.
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